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The design of catalytic pellets and reactors using detailed kinetic-transport models is illu- 
strated for the oxidative coupling of methane to form ethane and ethylene. Oxygen sieving 
within diffusion-limited pellets and staged oxygen injection reactors increase C2 selectivity by 
inhibiting full oxidation homogeneous pathways that lead to CO and CO2 products. Our simu- 
lations suggest that high densities of surface sites with kinetics that depend weakly on oxygen 
concentration are required to benefit from oxygen-sieving catalyst and reactor schemes. These 
sites favor beneficial surface activation processes even at the low oxygen concentrations pre- 
sent within staged injection reactors and diffusion-limited pellets. Controlled introduction of 
stoichiometric oxygen reactants leads to C2 yields as high as 50%; the reactions, however, occur 
at much slower rates and require much greater reactor volumes than in conventional cofeed 
reactors. 
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1. I n t r o d u c t i o n  

Oxidative coupling of  methane  is a potentially attractive route for the direct con- 
version of  methane  to C2 hydrocarbons  [1]. Industrial practice of  this technology 
will require catalyst and reactor designs that  increase ethylene yields above pre- 
sently attainable values (about 20-25%). Our work explores such improved designs 
by using mechanistic react ion- t ranspor t  models of  homogeneous-heterogeneous  
methane  conversion pathways.  

Oxidative coupling proceeds via a bimodal scheme that includes radical genera- 
tion at surfaces and coupling and oxidation reactions of these radicals in the sur- 
rounding gas phase [2-4]. In general, C2 selectivity decreases with increasing 
methane  conversion, leading to max imum yields of  C2 products at intermediate 
levels of  conversion. This selectivity loss, and the ult imate decrease in C2 yields at 
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high methane conversion, is characteristic of reaction sequences where intermedi- 
ate products (C2H4, C2H6) are more reactive than reactants (CH4). 

2. Methods 

Our coupled reaction-transport models include detailed descriptions of kinetic, 
diffusion, and convection processes within porous catalyst pellets held in packed- 
bed reactors. These models incorporate surface and gas phase reaction networks 
[5,6], and improved structural models of mesoporous solids [7] into mass balance 
equations within catalyst pellets and plug-flow reactors. Model simulations 
describe how catalyst structural properties (porosity, pore diameter, pellet size, 
site density), site chemistry (turnover rate, selectivity, kinetic orders), and reactor 
design (staged injection or membrane reactors) affect maximum attainable 
C2 yields (defined as the product of C2 selectivity and fractional CH4 conversion). 

Our models extend previous approaches by combining detailed descriptions of 
homogeneous and surface kinetics with convective and diffusive transport 
processes. Our simulations examine the effect of critical design parameters, such as 
catalyst structural properties, kinetic response to reactant and product concentra- 
tions, and reactor configurations on the maximum attainable yields of desired 
C2 products. These models guide the design of conceptual catalysts and reactors 
for optimum yields. Below, we describe the general features of the models; addi- 
tional details are reported elsewhere [5,6]. 

2. I. HOMOGENEOUS REACTION NETWORK 

The homogeneous kinetic model was assembled from available kinetics of ther- 
mal reactions of hydrocarbons in the presence of oxygen [8-13]. It includes 145 
reactions and 28 reactive species; mass action kinetics are used to describe most 
reaction steps but processes controlled by collisional activation and energy relaxa- 
tion are also rigorously described [5]. Reverse reaction rates are included for all 
steps; they were assembled from reported kinetics, when available, or obtained 
from thermodynamic data for the overall elementary step. The resulting homoge- 
neous kinetic model accurately describes experimental data at 900-1300 K and 
0-10 MPa without any adjustable parameters. 

Our homogeneous kinetic model shares its common origins in the literature of 
free-radical processes with several others recently reported [14-17]. Our model 
differs from previous ones in the specific choice of chemical reactions and reactive 
species from the large manifold of available kinetic data. Its merit lies in its ability 
to describe experimental data in homogeneous reactors without adjusting any 
kinetic rate constants and in its reasonable scope, which preserves important che- 
mical steps but limits them to a number that can be handled efficiently within our 
computationally-intensive reaction-diffusion models. 
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2.2. SURFACE REACTION NETWORK 

The wide range of catalytic materials and of empirical kinetic equations 
reported in the literature [2,3], and the difficulty in decoupling surface and homoge- 
neous kinetics within experimental results, led us to use general kinetic expressions 
to describe the heterogeneous generation rate of methyl, 

CH4 + 102 =-CH3 + 1 H 2 0 ,  (1) 

R; = ki[CH4][O2]", 

and ethyl radicals, 

C2H6 q- 102 = "  C2H5 + 1 H 2 0 ,  (2) 

R j  = k A C e H 6 ] [ O 2 ]  n . 

Both rates were assumed to depend linearly on hydrocarbon concentration but 
the dependence on oxygen concentration (n) was allowed to vary between 0 and 1 in 
our simulations. The form of these kinetic expressions is consistent with those 
obtained from the only reliable direct measurements of surface-catalyzed methyl 
radical formation rates on metal oxides [18,19]. Our intent is not to describe the 
behavior of specific catalysts; thus, we consider ki, kj, and n adjustable parameters 
that can be varied in the design of optimum catalytic materials. 

In our simulations, we assume a hypothetical surface capable of activating 
C-H bonds in methane and ethane with the above described kinetics, but which 
does not catalyze complete combustion of these species to COx; in other words, 
COx is formed exclusively in gas phase reactions of reactants and products. In this 
manner, we explore the maximum yields achievable on selective catalysts; several 
catalysts give very high initial C2 selectivities at low methane conversions [2-4,20], 
suggesting that catalytic methane (and ethane) combustion is slow at oxidative cou- 
pling conditions at least on some catalytic materials. 

Volumetric reaction rates (Ri, molecules m -3 s -1) 

Ri = 106SdON (3) 

are determined by textural and intrinsic chemical properties of the catalytic 
surface, such as surface area (S, m2/g), particle density (d, g/cm3), site density 
(0,  sites/m2), and site reactivity (N, turnover rate, molecules/site s). Some of 

these structural catalyst properties also control mass transport rates within cata- 
lyst pellets [5-7]. Here, we have selected typical values of S (10 m 2 /g), d (2 g/cm3), 
and O (1019 sites/m 2) in order to restrict our discussion to the effects of site reactiv- 
ity (N) and selectivity (g) on C2 yields. Site selectivity (g) is defined as the ratio 
of the ethane (kj, in (2)) to methane (ki, in (1)) surface activation rate constants. 
These assumptions lead to a simple model of surface reactions described by the 
parameters n, g, and N; the effect of these parameters on C2 yields is examined in 
section 3. 
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2.3. KINETIC-TRANSPORT MODEL OF CATALYTIC PELLETS AND REACTORS 

Our models describe the coupling among reactive and diffusive processes within 
pellets and convection and reaction processes occurring within interstitial reactor 
voids [5]. The resulting equations describe radial concentration gradients within 
catalyst pellets and axial concentration gradients along isothermal plug-flow reac- 
tors. Mass balance and diffusion equations for all 28 chemical species involved in 
145 reversible reaction steps are included in our simulations. We do not account for 
temperature gradients in our model; they can be incorporated by the simple inclu- 
sion of an overall energy balance in the model equations. Modest temperature gra- 
dients (<200 K) do not significantly influence C2 selectivity or maximum C2 
yields in oxidative coupling reactions. 

The resulting system of coupled ordinary differential equations and boundary 
value problems is solved numerically [5]. We use this general model to study three 
types of catalyst-reactor systems: homogeneous reactors, bimodal (heteroge- 
neous-homogeneous) reactors without intrapellet concentration gradients, and 
bimodal reactions within transport-limited pellets. We also examine the effects of 
controlled introduction of the oxygen reactant along the catalyst bed and of oxida- 
tive coupling membrane reactors. 

3. Results and discussion 

3.1. HOMOGENEOUS REACTORS 

Homogeneous reactor simulations are compared with experimental data 
obtained using empty reactors in fig. 1. The model predictions are consistent with 
experimental C2 selectivities and with the observed effect of increasing methane 
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Fig. 1. Oxidative coupling of methane in homogeneous reactors. Simulated and experimental 
results. (1073 K, 46.7 kPa methane, 23.3 kPa oxygen, experimental points from ref. [20]). 
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conversion (fig. 1, 1073 K) [21]. Extensive model simulations [5] and experimental 
results [2,3,20,21] suggest that C2 yields above 10% and initial C2 selectivities 
(at < 5% conversion) greater than 80% cannot be achieved using homogeneous 
reactors because of competing homogeneous oxidation of methane reactants and 
of ethane and ethylene products to CO. 

The introduction of a selective surface function that catalyzes radical formation 
decouples the activation from the homogeneous combustion steps by providing a 
source of methyl radicals that does not catalyze oxidation steps. These surface sites 
lead to an increase in the steady-state concentration of gas phase methyl radicals, 
conditions that favor their bimolecular coupling to form ethane. 

3.2. BIMODAL HOMOGENEOUS-HETEROGENEOUS REACTORS 

The presence of more active catalytic sites fully accessible to reactants (i.e., unaf- 
fected by intrapellet transport restrictions) leads to higher C2 selectivities and 
yields (fig. 2). Methyl radical coupling steps benefit from heterogeneous radical 
generation to a greater extent than homogeneous oxidation pathways. C2 yields 
increase because of the second-order dependence of coupling steps on methyl radi- 
cal concentration, compared with the near first-order dependence for the second- 
ary oxidation of C2 products to COx suggested by our homogeneous kinetic 
network. 

Curve A (fig. 2) describes the effect of a selective catalytic surface that converts 
methane but not ethane or ethylene to the corresponding alkyl radical (g = 0). We 
also assume that surface sites do not catalyze combustion of methane or C2 pro- 
ducts to COa. Turnover rates lower than 0.1 s -1 do not increase C2 yields because 
homogeneous radical generation remains the predominant source of methyl radi- 
cals. C2 yields as high as 50% can be achieved with very active catalysts; they will 
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Fig. 2. Simulated effect of site turnover rate (N) on maximum C2 yields (A: g = 0; B: g = 4). 
(1073 K, 67 kPa methane, 33 kPa oxygen.) 
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require, however, site densities above 1019 m -2 and turnover rates greater than 
100 s -1, values much greater than presently available (see dashed region in fig. 2). 
These high volumetric activities often introduce severe diffusional restrictions in 
conventional reactors with concomitant losses in selectivity and poor catalyst utili- 
zation (see section 3.5). 

Yields above 50% also require catalysts with high selectivity for methane 
activation (g = 0). Curve B (fig. 2) shows how maximum C2 yields decrease mark- 
edly when catalyst sites also activate ethane molecules with the selectivity expected 
from the relative strength of C-H bonds in methane and ethane and from their rela- 
tive thermal activation rates (g = 4). In summary, our simulations suggest that 
Ca yields above 20% require very high densities (>> 1019 m -2) of very active 
(N > 10 s -1) and also very selective (g < 1 ) sites. 

3.3. STAGED INTRODUCTION OF OXYGEN INTO BIMODAL REACTORS 

Bimodal reaction schemes can also benefit from differences in the oxygen 
kinetic dependence between homogeneous combustion pathways and heteroge- 
neous methyl formation steps. The homogeneous kinetic network confirms that 
gas phase oxidation of primary Cz products is near first-order in oxygen concentra- 
tion. Thus, any heterogeneous radical generation steps with oxygen kinetic orders 
less than unity will benefit from lower oxygen concentrations within the reactor. 
The use of methane-rich feeds, however, severely limits the level of methane conver- 
sion that can be achieved because the stoichiometric oxygen reactant is rapidly 
depleted and low oxygen concentrations significantly decrease overall methane 
activation rates. 

A reactor where the oxygen reactant is distributed throughout many injection 
ports along the axial reactor dimension maintains low oxygen concentrations but 
still provides the stoichiometric oxygen reactants required to reach high methane 
conversions. We have simulated this type of reactor by dividing the amount of 
oxygen normally introduced at the reactor inlet along M injection ports. After each 
oxygen injection, the oxygen-methane mixture is allowed to react until 85% of 
the oxygen introduced is converted; then, additional oxygen is added at the next 
injection port. 

Our simulations predict that distributed oxygen injection reactors increase 
maximum Cz yields from 14 to 30% as the number of injection points increases 
from 1 (cofeed) to 1000, for the case of surface sites with first-order oxygen kinetics 
(Curve A, fig. 3). A large number of injection points (> 100) is required to obtain 
significant yield improvements because surface activation to form methyl radicals 
(n = 1) and homogeneous C2 oxidation steps (n > 1) show similar kinetic responses 
to oxygen concentration; therefore, selectivity improvements occur only at very 
low oxygen concentrations. These low concentrations, in turn, lead to extremely 
slow heterogeneous activation steps and increase the residence time and reactor 
volume required to achieve maximum C2 yields by a factor of about 3000 (for 1000 
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Fig. 3. Simulated effect of  staged oxygen injection on m a x i m u m  C2 yields (curve A: N = 1 S - 1  , g = 

0, n -- 1; curve B: N = 1 s -1, g = 0, n = 0.5). (1073 K, 67 kPa methane,  33 kPa oxygen.)  (Numbers  in 
parentheses denote residence times.) 

injection points) over those required when oxygen and methane are cofed at the 
reactor inlet (see caption of fig. 3). 

The importance of surface kinetics with low oxygen kinetic order (n < 1) is also 
clearly shown by comparing curves A (n = 1) and B (n = 0.5) in fig. 3. The stronger 
beneficial effect of oxygen staging on catalysts with half-order oxygen kinetics is 
consistent with our previous discussion. For plug-flow reactors with 1000 injection 
points, C2 yields reach 50% and the required increase in bed residence time and 
reactor volume is less severe (a factor of about 200) than on sites with first-order 
oxygen kinetics (fig. 3). Also, controlled oxygen injection begins to affect yields at 
lower staging intensity (M = 10) when sites with half-order oxygen kinetics are 
used. Ultimately, catalytic sites with zero-order kinetics are best for staged injec- 
tion reactors. In the limit of low oxygen concentration, however, mass action 
kinetics, defined by the reaction stoichiometry, always lead to pressure orders 
greater than zero for any reactant appearing in the stoichiometric equation. There- 
fore, the search for improved catalytic materials should stress the need for surface 
methyl radical formation functions with low oxygen kinetic response, a property 
that would permit their efficient operation at low oxygen concentrations. This task 
is complicated by the experimental coupling of surface and gas phase kinetics, 
which requires detailed descriptions of the homogeneous pathways in order to sepa- 
rate the heterogeneous component from the overall kinetic response. The search 
for these types of oxidative coupling catalysts can greatly benefit from recent 
advances in the microkinetic modeling of surface reactions [22], where the molecu- 
lar and chemisorption bond energies of adsorbed intermediates are used to predict 
the kinetic rate constants of elementary surface steps. 

The results of fig. 3 show that a large number of injection points are required to 
benefit from controlled injection schemes, even on catalysts with low-order 
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kinetics; this number is significantly larger than those explored in many previous 
experimental and theoretical studies of staged oxygen injection [23-25]. The latter 
studies suggest only small benefits of these schemes, consistent with the predictions 
of our simulations. Clearly, previous investigations have not been carried out 
within the range of staging intensity (M > 10) required to significantly improve C2 
yields. 

Choudhary et al. [23] used distributed feed reactors with four injection points 
and observed a slight increase in C2 selectivity and yield on La-promoted MgO cat- 
alysts. Curiously, the activation rate was higher with distributed feeds, even 
though the oxygen concentrations and the kinetic driving force were lower and the 
methane conversion rate actually decreased with increasing methane/oxygen 
ratio. This observation suggests unusual negative order oxygen kinetics or experi- 
mental difficulties in their measurements of the methane conversion in staged reac- 
tors. 

Santamaria et al. [24] carried out computer simulations of four plug-flow reac- 
tors in series with injection points between reactors using a simplified kinetic model 
with three reactions and four chemical species. Their simulations do not suggest 
any yield or selectivity improvements when single and distributed feed simulations 
are compared at similar methane conversion. Smith [25] reports an increase in cata- 
lyst productivity when the oxygen component in the feed is introduced at two axial 
positions in a fixed-bed reactor (973 K, O 2 / C H 4  = 0 .5) .  C2  selectivities or yields 
are not reported and single and distributed feed schemes are compared at different 
methane and oxygen concentrations, making comparisons difficult. It appears 
that any productivity improvements obtained in this work reflect the higher aver- 
age methane partial pressures used in these distributed feed experiments. Our 
staged-injection simulations (fig. 3) and the weak effects of oxygen concentration 
on C2 yields throughout the range studied in this reference (fig. 4) suggest that the 
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Fig. 4. Simulated effects of  a fixed oxygen concentrat ion on C2 yields in a tubular membrane  reac- 
tor. (1073 K, 67 kPa methane) (Curve A: homogeneous reactions, N = 0; curve B: he terogeneous-  
homogeneous  reactions, N = 1.0 s -1, n = 1, g = 0; curve C: N = 1.0 S - 1 ,  n = 0.5, g = 0; curve D: 

N = 1 .0s - l , n  = 0 ,g  = 0.) 
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C 2 selectivity or yield improvements reported in ref. [25] cannot arise from the dis- 
tribution of the oxygen reactant equally between two injection points. 

Controlled introduction into oxidative coupling reactors can also be achieved 
by cyclic operation of reactors or by using oxygen-storing solids. In the Arco cyclic 
process, solids are transferred between oxygen-charging and methane conversion 
reactors [26,27]. The oxygen introduced in the first step is gradually released in the 
second stage by solid-state diffusion processes. Cycling of reactants between 
C2 and CH4-O2 mixtures on packed beds containing Ce/Li/MgO catalysts, 
however, did not improve C2 yields [28], not a surprising result because of the low 
oxygen storage capacity of these materials and of the use of high oxygen concentra- 
tions even in the methane conversion cycle. Low oxygen concentrations can also 
be achieved using raining solids reactors, where oxygen-containing solids decom- 
pose gradually and evolve 02 as they fall through the interpellet voids within a 
packed-bed reactor. 

3.4. MEMBRANE AND BACKMIXED REACTORS SYSTEMS 

High-conversion backmixed or controlled-injection and membrane reactors 
can also maintain constant low oxygen concentrations, while continuously supply- 
ing the required oxygen reactants. High dispersion and rapid backmixing achieved 
in fluid-bed or stirred tanks reactors are ideally suited for oxidative coupling reac- 
tions at low oxygen concentrations [29,30]. In backmixed systems, reactor concen- 
trations and exit concentrations are identical; therefore, methane and oxygen 
conversion levels, and the oxygen concentration at which oxidative coupling reac- 
tions proceed, can be controlled by varying reactor residence time and the level of 
oxygen depletion. Oxygen concentrations can also be controlled by supplying oxy- 
gen in a continuous manner along a plug-flow reactor with fast radial dispersion 
in order to achieve similar effects. This latter approach has been experimentally 
tested using oxygen-conducting solid state membranes [31-33]. 

Our simulations predict that low oxygen content in membrane reactors favor 
higher C2 yields, but only at concentration levels (oxygen/methane < 10 -3) too low 
for efficient industrial practice (fig. 4). Homogeneous reactors (curve A) and bimo- 
dal reactors with first-order catalytic systems (curve B) benefit only slightly from 
low oxygen concentrations. Catalytic sites with weaker oxygen dependence (curve 
C, n = 0.5; curve D, n = 0) lead to significant C2 yields (60-90%) at low oxygen con- 
centrations. The results in fig. 4 were obtained using a tubular membrane reactor 
model. In this model, methane concentrations decrease along the axial reactor 
dimension as conversion proceeds but 02 levels are maintained constant by a con- 
tinuous supply through the reactor wall. In contrast with totally backmixed reac- 
tors, where concentrations of both CH4 and 02 remain constant throughout the 
reactor, our simulations describe a membrane reactor where only the 02 reactant is 
"backmixed", i.e., evenly distributed throughout the reactor. The combination of 
sites with weak oxygen kinetic dependence and "oxygen-starved" backmixed or 
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membrane reactors can lead to C2 yields as high as 90% in oxidative coupling of 
methane. Reactors at such low oxygen concentrations, however, must operate at 
extremely low space velocities and will require much larger reactor volumes and 
catalyst charges than conventional reactors because of the weak kinetic driving 
force for heterogeneous methyl radical generation (except for catalysts with zero- 
order oxygen kinetics). 

Very low oxygen levels ultimately decrease C2 yields because of the consequent 
decrease in methyl radical concentration (fig. 4). At these conditions, monomolecu- 
lar reactions of methyl radicals with 02 are favored over bimolecular methyl cou- 
pling steps; as a result, the benefits of heterogeneous radical generation sites are 
rapidly lost, except on reaction sites with zero-order oxygen kinetics. 

3.5. TRANSPORT RESTRICTIONS WITHIN POROUS CATALYST PELLETS 

The porous nature of catalytic pellets can introduce diffusional barriers that pre- 
vent the attainment of external concentrations throughout a pellet. This leads to 
lower reactant, and higher product, concentrations within pellets than in the inter- 
pellet reactor voids. Intrapellet transport restrictions often lead to inefficient use 
of catalytic sites because they lower reactant concentrations and the kinetic driving 
force for chemical reactions. Frequently, transport restrictions also enhance sec- 
ondary reactions of reactive primary products, such as the conversion of ethane 
and ethylene to COx in oxidative methane coupling. In oxidative coupling reac- 
tions, however, oxygen becomes the diffusion-limited reactant and intrapellet oxy- 
gen concentration gradients are sharper than for methane. Therefore, low oxygen 
concentrations, which can increase C2 selectivity and yield, can be achieved by 
intrapellet transport restrictions that limit the rate of 02 arrival at catalytic sites. 

The severity of diffusional limitations is typically characterized by a combina- 
tion of reactive and structural properties called the Thiele modulus, 

~ : 0 i (RoE~/rp) : O i X  . (4) 

This dimensionless parameter reflects the ratio of reaction to diffusion rate for 
each chemical species. It is obtained from a rigorous dimensional analysis of the 
intrapellet reaction-diffusion equations discussed in section 2.3 and described in 
detail elsewhere [5]. In eq. (4), we have conveniently separated the reactivity prop- 
erties (Oi) from the structural properties of the porous material (R0: pellet radius, 
e: porosity, 69: site density, rp: pore radius). The latter are more readily controlled 
by the catalyst designer, whereas the former tend to reflect intrinsic chemical prop- 
erties of the catalytic material and of the reacting molecule. Diffusional restric- 
tions become more severe as we increase the Thiele modulus by an appropriate 
change in any of the structural (X) or reactive (Oi) properties appearing in eq. (4). 
Here, we have chosen the pellet radius as the experimental variable in order to illus- 
trate the effect ofintrapellet oxygen sieving on C2 selectivity (fig. 5). 
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Fig. 5. Simulated effect of pellet radius on C2 selectivity (1073 K, 67 kPa methane, 10% methane con- 
version; kinetic properties: n = 0.5, g = 4.) 

The C2 selectivity (at 10% methane conversion) is not affected by pellet radius 
for small pellets ( < 0.1 ram, curve A, fig. 5). Such pellets are not limited by trans- 
port rates; therefore, intrapellet reactant and product concentrations remain iden- 
tical to those within interpellet reactor voids. Pellets larger than 0.1 mm introduce 
intrapellet concentration gradients and a decrease in C2 selectivity. The onset of 
diffusional restrictions occurs on smaller pellets for catalysts with higher activity 
(curves A and B, fig. 5). Therefore, the yield improvements anticipated on high 
activity materials (fig. 2) can quickly disappear in practice because of the ensuing 
transport restrictions within high activity catalyst pellets of usual diameter. 

The beneficial effects of oxygen-sieving using intrapellet oxygen transport 
restrictions are not realized at high oxygen/methane ratios (curves A and B, fig. 5). 
In effect, the intrapellet gradients that develop at the high oxygen/methane feed 
ratios (0.5) of these simulations retain intrapellet concentrations in a range where 
they influence C2 selectivities only slightly (fig. 4). As a result, the intrapellet reten- 
tion of C2 molecules and their secondary oxidation to COx offset any potential ben- 
efits of low intrapellet oxygen concentrations and C2 selectivities actually 
decrease with increasing pellet size. 

Beneficial oxygen-sieving effects can be achieved, however, by lowering oxy- 
gen/methane ratios within interpellet reactor voids. The, concentration gradients 
within transport-limited pellets decrease oxygen levels to those required to increase 
C2 selectivities (fig. 4). For example, oxygen/methane ratios of 0.05 prevent the 
marked decrease in C2 selectivity with increasing pellet size observed at higher oxy- 
gen concentrations. At these conditions, C2 selectivity increases slightly as diffu- 
sional restrictions worsen (curves C and D, fig. 5). 

Follmer et al. [34] reported that larger pellets of NaOH/CaO catalysts are 
more selective than smaller pellets. Their experiments were carried out with feeds 
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of low oxygen/methane ratio (0.1), where our simulations predict only a slight 
increase in C2 selectivity with increasing pellet size. Their selectivity improvements 
are much greater than our model predicts. Their catalysts, however, were not very 
selective for C2 formation even at low conversions, suggesting the presence of cata- 
lytic oxidation sites. The selectivity improvements that they report may well arise 
from the additional inhibition of catalytic oxidation pathways at the low intrapellet 
oxygen levels within transport-limited catalysts. Their proposed reaction- 
transport model neglects homogeneous reaction steps and describes oxidative cou- 
pling using two empirical kinetic steps, one for methane conversion to C2 and 
higher hydrocarbons and one for methane oxidation to CO and CO2 [34]. 

The reaction-transport model described by Santamaria et al. [35] for oxidative 
coupling catalyst pellets was also restricted to a very simplified empirical kinetic 
model. Their kinetic model lumps homogeneous-heterogeneous reactions into 
three groups: coupling of methane to C2 products and full oxidation of methane 
and C2 to COx. Neither of the two available models [34,35] includes detailed kinetic 
descriptions or examines the design of catalysts with desired textural or chemical 
properties for improved C2 yields, a significant distinction from the approach in 
our study. 

Low oxygen concentrations permit the use of larger pellets and more active sites 
by lowering the heterogeneous activation rate and the volumetric productivity of 
each pellet (cf. curves B and D, fig. 5). Therefore, C2 product concentration gradi- 
ents become less steep than on similar pellets used at higher oxygen/methane 
ratios. At low oxygen levels, intrapellet oxygen concentrations are sufficiently low 
to inhibit the secondary oxidation of desired C2 products to COx. Our simulations 
suggest that the low oxygen concentrations imposed by distributed oxygen reac- 
tors are essential in order to avoid the damaging effects of intrapellet transport 
restrictions on very active catalysts and to exploit the limited oxygen-sieving bene- 
fits of diffusion-limited pellets in oxidative coupling reactions. 

3.6. OTHER CONSEQUENCES OF POROUS CATALYTIC PELLETS 

Reaction and transport processes can also lead to concentration gradients of 
very reactive species (e.g. �9 CH3, . C2H5, �9 OH, ... ) across a pore diameter, a 
much smaller characteristic length scale than the radial intrapellet gradients con- 
sidered in section 3.5. The corresponding Thiele modulus would then include 
rate constants for the much faster reactions of very reactive free radicals but 
also a much smaller characteristic diffusion distance. A detailed description of 
these processes is beyond the scope of our paper but we comment here on the 
qualitative consequences of reaction-transport coupling occurring within the 
scale of a pore diameter, a critical aspect of oxidative coupling recently dis- 
cussed by McCarty [36]. 

Bimodal oxidative coupling schemes require that reactants collide repeatedly 
with the solid pore walls and form methyl radicals. They also require that the ratio 
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of solid surface to available void volume be large to ensure a significant heteroge- 
neous contribution to methyl formation rates. Thus, we require small pores, which 
also avoid radial concentration gradients and ensure high methyl radical concen- 
trations. Yet, methyl radicals must collide in the gas phase, preferably before they 
readsorb on a surface site and oxidize further to COx products. This requires that 
the characteristic times for reactive collisions be short compared with the diffusion 
times required for travel across a pore diameter. Thus, large pores and high gas 
phase concentrations favor coupling steps, but these requirements conflict with 
those required for effective heterogeneous activation steps. 

This qualitative treatment suggests that intermediate values of pore diameter, 
surface area, and reactant pressures are needed to balance these competing require- 
ments. This suggests that oxidative coupling reactions benefit when gas phase 
diffusion occurs by a combination of molecule-surface (Knudsen diffusion) and 
molecule-molecule (bulk diffusion) collisions. This transition diffusion regime 
offers an appropriate compromise between required gas phase and surface collisions 
of methane reactants and of gas phase collisions of free radical intermediates. 

In general, low surface areas are required to prevent secondary reactions in 
catalytic sequences involving reactive products, but overall reaction rates then 
become very slow, leading to optimum yields at intermediate values of surface area 
and pore size. In oxidative coupling, selectivity also ultimately decreases with 
decreasing surface area because heterogeneous radical formation rates no longer 
maintain high steady-state concentrations of methyl radicals required in coupling 
steps [37]. Similar trends have been recently reported with varying site density for 
Pb/MgO catalysts [38], where the selectivity reaches a maximum at intermediate 
values of site density, controlled by varying the PbO loading. 

4. Conc lus ions  

Our work describes the use of detailed kinetic-transport models of bimodal 
homogeneous-heterogeneous chemical reactions. These models guide the optimal 
design of catalytic pellets and reactors for our chosen example: the oxidative cou- 
pling of methane. They contain a homogeneous reaction network and a surface 
reaction model described by kinetic and structural catalyst design parameters. 
Simulations using these models suggest several routes for improvements in cur- 
rently attainable C2 yields, specifically staged injection and membrane reactors 
using catalysts with high densities of sites and low order oxygen kinetics. Our simu- 
lations also confirm in a rigorous manner the previously suggested need for more 
active and selective catalysts in oxidative coupling of methane. They offer a sound 
modeling framework for understanding some of the conflicting literature reports 
on the effects of staged oxygen injection and of diffusion-limited pellets on C2 
yields and selectivities. 
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